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Abstract

This paper describes an integrated approach into the design and evaluation of a novel tube bundle heat exchanger

that achieves higher heat transfer levels at lower levels of pressure drop, while remaining less susceptible to gas-side

fouling. The approach combines laboratory scale experiments with industrial observations and numerical simulations

of full-scale heat exchangers to study the thermal, hydraulic and fouling characteristics of tube bundle heat exchangers.

Three arrangements are compared and the advantages of the proposed novel arrangement are demonstrated. Enhanced

heat transfer rates are combined with reduced pressure drop and gas-side fouling rates through careful design of the

shape of the tube cross-section and reduced transverse spacing.

� 2005 Elsevier Ltd. All rights reserved.
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1. Introduction

Tube bundle heat exchangers are encountered in

many engineering applications such as the power gener-

ation industry, e.g., in lignite utility boilers, where they

are used as heaters or super-heaters. Designing such a

heat exchanger is a complex task, as many factors have

to be considered: heat transfer rates, fouling, power con-
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sumption, flow induced noise and vibration, etc. and

quite often a compromise must be made.

Two standard tube bundle arrangements are com-

monly employed in industry, the staggered and the in-

line one with tubes of a circular cross-section. At low

Reynolds numbers staggered arrangements tend to in-

duce higher turbulence levels and offer higher heat trans-

fer rates than in-line ones but they also exhibit higher

pressure drop and therefore energy consumption. On

the other hand, in-line configurations are more prone

to flow-induced vibrations due to the synchronization

of vortex shedding between subsequent rows [1] in com-

parison to the staggered ones and are also more prone to

blockage due to gas-side fouling [2].
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Nomenclature

a, b elliptic shaped tube axes (m)

Ac, Af heat transfer surface area under clean and

fouled conditions respectively (m�2)

CD aerodynamic resistance coefficient

Cs coefficient of Smagorinsky sub-grid scale

model

Cp specific thermal capacity (Jkg�1K�1)

d diameter of base case tube (m)

Dh hydraulic diameter (m)

dx, dy height and rear diameter of DDEFORM

tube (m)

dp particle diameter (m)

d* characteristic length for circular, elliptic and

DDEFORM tubes (m)

f frequency (Hz)

g acceleration of gravity (ms�2)

h convection coefficient (Wm�2K�1)

k thermal conductivity of fluid (Wm�1 s�1)

Kth thermophoresis coefficient (kgm2s�2)

L,W, H length, width and height of experimental

test section (m)

ln, lg metric coefficients for orthogonal curvilinear

grid

mp particle mass (kg)

_m mass flow rate (kgs�1)

Nu Nusselt number ð¼ q00wd=kðTwall � T flowÞÞ
Pr Prandtl number (=Cpl/k)
q00w heat flux on wall (Wm�2)

Qi, QP, Q
0
A impact energy, plastic deformation en-

ergy, adhesion energy (kgm2s�2)

QL, Qlift elastic wave propagation energy, lift force

energy (kgm2s�2)

Redg Reynolds number (=Ugapdq/l)
Rft, Rc thermal resistances of fouled and clean tubes

respectively (m2KW�1)

Stk particle Stokes number ð¼ qpd
2
pUb=18ldÞ

St Stanton number (=h/qUmaxCp)

Sth Strouhal number (=fd*/Ugap)

SL, ST longitudinal and lateral spacing of tube cen-

ters in a tube bundle (m)

Snn, Sgg, Sng rate of strain (Sij) components (s�1)

SU source terms for Navier–Stokes equations

T temperature (K or �C)
t time (s)

u, Ub, Ugap axial velocity, free stream bulk velocity,

bundle gap velocity (ms�1)

v, Vr lateral velocity, particle rebound velocity

(ms�1)

~vg;~vp gas and particle velocity vector (ms�1)

x, y cartesian directions

y+ non-dimensional distance from wall

Greek symbols

C diffusion coefficient (kgm�1 s�1)

D filter width of volume average (m)

leff, l, lt effective, fluid and turbulent dynamic vis-

cosity (kgm�1 s�1)

n, g orthogonal curvilinear co-ordinate direc-

tions

q, qp fluid and particle density (kgm�3)
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Fouling is a major and still unresolved problem in

heat exchanger operation. During the design stage,

gas-side fouling (i.e., fouling of the outer surface of the

tubes) is accounted for by making allowance for the

added thermal resistance that the deposited layers intro-

duce to the heat transfer process. This is essentially

achieved through the introduction of extra heat transfer

surface in the heat exchanger. An example of such an

approach is the implementation of the percentage over

surface index, OS ([3])

OS ¼ 100 � Rft

Rc

¼ 100 � Af

Ac

� 1

� �
ð1Þ

where (Rc) is the clean overall heat transfer resistance

and (Rft) is the total fouling resistance, basically repre-

senting the insulating effect of the deposits on the heat

transfer surfaces. The heat transfer surface area under

clean operating conditions is (Ac), while the required

surface area under fouled conditions is (Af). In effect,

fouling is accounted for by increasing the heat transfer

surface by a percentage factor of (OS) i.e., longer tubes,
larger tubes or more tubes. This is a common approach,

which not only affects initial capital cost directly but also

operating costs since the increased surface area has an

indirect effect on pressure drop and the fouling process

itself. In lignite utility boilers, blockage between the tube

rows is often observed due to fouling, even at increased

tube spacings. Further reducing the spacing or increas-

ing tube size to accommodate the increase in heat trans-

fer surface will intensify the problem, necessitating more

frequent maintenance and cleaning and therefore in-

crease the operating costs. Thus, even if the extra capital

cost due to the increased heat transfer area is over-

looked, the actual heat transfer enhancement achieved

through the OS approach is often hindered by the in-

crease in fouling rates that also affects the overall effi-

ciency of the system.

Other than accounting for the effects of fouling dur-

ing initial design, the most common approaches to con-

trol fouling during heat exchanger operation are surface

cleaning techniques, including such recent methods as

sonic cleaning, and/or the use of chemical additives. Sur-
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Fig. 1. Standard in-line tube bundle arrangement with circular

tubes employed in lignite utility boilers of the PPC of Greece.
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face cleaning, which is more suited to utility boiler heat

exchangers, could be continuous, requiring large, expen-

sive installations that will not interfere with the process

or it could be periodic. Periodic cleaning is more com-

mon in utility boilers, but almost always requires un-

desirable shut-down of the process and is usually

synchronised with the maintenance schedule. The ob-

served asymptotic behaviour of deposit formation in lig-

nite utility boilers [4] implies that heat exchangers could

be operating under highly fouled conditions for a large

part of the inter-maintenance period. An optimum solu-

tion would be to achieve reduction of fouling rates dur-

ing the design stage of the heat exchanger, as proposed

in the present study, so that cleaner operation is ensured

for longer periods of time.

When dealing with the problem of fouling, low levels

of pressure drop and flow induced vibrations should not

be compromised. Flow induced vibrations are a major

concern in the design of shell- and tube-heat exchangers,

primarily in nuclear reactors but also in power plant

utilities causing tube failures and increasing operating

and maintenance costs even further. Cross-flow excita-

tion mechanisms such as turbulence buffeting, vortex

shedding, acoustic resonance and fluid-elastic instability

have been suggested in the literature [5]. On the other

hand, the pressure drop across the tube bundle puts

higher demands on pumping power, and therefore en-

ergy costs. Streamlined tube shapes, such as oval ones,

have been previously considered in the literature due

to their smaller pumping requirements [6,7] but their

fouling behaviour has not been examined.

The work presented here is a synergistic blend be-

tween experimentation, numerical simulations and

industrial observations into developing a novel heat ex-

changer that minimises fouling while increasing the heat

transfer and lowering the pressure drop. A number of in-

line tube bundle heat exchanger geometries are experi-

mentally and numerically studied in order to assess their

gas-side thermal, hydraulic and fouling behaviour, while

assuming that possible variations of the shape of the

inner tube surfaces will not significantly affect the study.

Three different tube shapes (namely circular, elliptic and

drop-shaped) are considered at two transverse spacings;

one of the spacings is similar to the one employed in typ-

ical industrial heat exchangers (e.g., at the lignite utility

boilers of the Public Power Corporation of Greece,

PPC). The design methodology followed is explained

in detail and the selection of the various tube bundle

arrangements described. The heat transfer, pressure

drop and fouling characteristics of the various tube bun-

dle geometries are compared by means of numerical sim-

ulations at full-scale and at the actual operating

conditions of the lignite utility boilers of PPC. This is

followed by lab-scale experiments and simulations to

give further insight into the mechanisms responsible

for the different behaviour observed. The outcome is
an arrangement implementing a novel tube shape which

performs favourably well in terms of particle deposition,

heat transfer and pressure drop. This study is part of a

long-term research programme into the effects of fouling

on heat exchangers in lignite utility boilers and into

alternative techniques for process intensification and

fouling minimisation.
2. Description of the design approach

2.1. Design and selection of the tube bundle arrangements

The starting point in this investigation was a typical

industrial heat exchanger employed by the Public Power

Corporation of Greece (PPC) in its lignite utility boilers.

The heat exchanger comprised an in-line tube bundle

configuration. The tubes were of a circular cross-section

with an outer diameter of d = 0.038 m and they were

spaced at 2.1 and 3.6 diameters in the longitudinal

and transverse direction, respectively, i.e., SL/d = 2.1,

ST/d = 3.6 (see Fig. 1). This tube bundle heat exchanger

operates at a flue gas velocity of Ub = 10 m/s, a flow tem-

perature of T = 1000 K and a tube wall temperature of

T = 800 K, (Redg � 4300, based on gap velocity and tube

diameter).

Various design modifications were introduced to the

above arrangement and tested both experimentally and

numerically. The modifications involved changing the

shape of the tube cross-sections from circular to a more

streamlined shape in order to reduce deposition rates

and pressure drop. The absolute spacings between tubes

were kept the same as was the total tube surface area, in

order to facilitate direct comparisons with regard to

shape only. The first cross-sectional shape considered

was an elliptic one with an axis ratio of 2:1 studied in de-

tail in [8,9], while the second one was a novel tube shape,

derived from numerical predictions of the gas-side de-

posit formation on lignite utility boiler heat exchanger

tube bundles [4].



Fig. 2. Photograph of deposit formation in a lignite utility boiler (PPC of Greece).
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The modifications were guided by the numerical pre-

diction of deposit formation and growth, as well as

industrial observations by the PPC of Greece, which

showed that the asymptotic growth behaviour character-

istic of heat exchanger fouling alters the original tube

shape due to deposit build-up (Fig. 2). Depending on

the direction of the ash particle laden flow or flue-gases,

the tube surface takes on a streamlined shape. It is

proposed that this might contribute to the gradual

reduction of deposition rate (a characteristic of the

asymptotic behaviour) along with other phenomena

such as deposit removal and aging, which have been well

documented in the literature [3]. Based on this assump-

tion, the numerically calculated deposit shape was used

as a guide in the design of a new tube cross-section with

a parabolic upstream shape and a semi-circular one

downstream. The proposed tube cross-section was

termed the DDEFORM (Deposit DEtermined FOuling

Reducing Morphology) tube [10].

The cross-section of the three tube shapes (namely,

circular, elliptic and DDEFORM) is shown schemati-

cally in Fig. 3. The dimensions correspond to the full

size utility boiler heat exchanger tubes. The effect of

the tube shape on heat transfer, pressure drop and foul-

ing was determined by numerical simulations of the par-
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Fig. 3. Three different tube cross-sections: (a) Standard circular tube, (

deposit determined tube shape (DDEFORM).
ticle laden gas flow in the full-scale in-line tube bundles

with the spacings of the industrial heat exchangers (i.e.,

2.1 · 3.6). Lab scale models were also tested experimen-

tally in order to resolve the velocity characteristics and

provide data for the validation of the numerical method-

ologies employed. Subsequently, the transverse spacing

of the bundles was reduced by 50% to double the num-

ber of tube columns and subsequently the heat transfer

area (Fig. 4) and the behaviour of the new closely spaced

bundles with elliptic and DDEFORM tubes was studied

numerically. These studies were driven by the reduced

pressure drop and heat transfer rates predicted in the

originally modified tube bundles, as will be shown in

the following section. The geometric characteristics

and the flow Reynolds numbers for the five tube bundle

arrangements studied in total are summarised in Table

1. The flow passage hydraulic diameter is calculated as

[3].

Dh ¼
4LAmin

Ahtr

ð2Þ

where L is the flow passage length, Amin the minimum

flow passage area and Ahtr the heat transfer surface area

that corresponds to the length L. The flow passage

Reynolds number is given by ReDh
¼ U gapDhq=l, with
.02 
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0.04

b) elliptic cross-section with a 2:1 axis ratio and (c) the proposed
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Fig. 4. In-line tube bundle arrangement with DDEFORM

tubes placed at half the transverse spacing of the standard

in-line arrangement.
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U gap ¼ _m=qAmin the gap velocity defined as the maxi-

mum average velocity, i.e., in the minimum flow passage

cross-section. Streamlining the tube shape while keeping

the surface area the same, results in an increase of about

14% in the flow passage hydraulic diameter for the ellip-

tic and DDEFORM tube bundles with the large trans-

verse spacing in comparison to the in-line tube bundle

with circular tubes; a reduction of about 55% occurs

when the transverse spacing is halved while the heat

transfer area is doubled by accommodating more tubes.

Thus, the flow passage Reynolds number reflects both

changes in the tube shape and the spacing and was con-

sidered representative in the present investigation; ReDh

values range from 14,000 to 30,000 and lie in the rela-

tively low end of the sub-critical regime for all the

arrangements investigated. It is interesting to note that

the proposed reduced transverse spacing leads to surface

to volume ratios of 10–20 (Table 1), which is far below

the ratio for compact heat exchangers (chosen as an ex-

treme) that lies in the range of 200–600 for ReDh
in the

order of 400–20,000 [11].

It should be noted, however, that it is normal practice

in tube bundle studies to define Reynolds number based

on the gap velocity and a characteristic diameter, which

in the case of circular tubes is the tube diameter and for

the non-circular ones the cross-flow length of the tubes

(i.e., the minor axis of the elliptic tubes and the diameter

of the bottom circular section of the DDEFORM tube).

If this definition is employed, the Reynolds numbers in
Table 1

Geometric characteristics and flow Reynolds numbers for the five arr

Heat transfer

area/total

volume (m2m�3)

Flow passage

hydraulic

diameter (m)

DDEFORM, ST/d = 1.8 21.953 0.120

Elliptic, ST/d = 1.8 21.953 0.117

DDEFORM, ST/d = 3.6 10.976 0.302

Elliptic, ST/d = 3.6 10.976 0.299

Circular, ST/d = 3.6 (std.) 10.976 0.263
the numerical investigation and based in the actual oper-

ating conditions range from 2200 to 4100, which is still

at the lower end of the sub-critical regime. Reynolds

numbers based on both definitions are presented in

Table 1 in order to facilitate comparison with previous

studies.

Another point needs to be made here regarding the

increase in surface area shown in Eq. (1) that is usually

applied to account for fouling resistance. In a previous

study [4], the heat transfer resistance caused by fouling

for the initial 8 h under industrial operating conditions,

was calculated to be an extra 0.0012–0.002 Km2/W—

depending on the material of the deposit—on top of

the clean tube heat transfer resistance of �0.009 Km2/

W. This amounts to a 20% increase in the resistance to

the heat transfer process and so it would be standard

practice to oversize the heat transfer surface area by

such a value [12]. However, this would correspond to

the deposit formation after only eight hours of opera-

tion. Considering that the numerical calculations, in

agreement with industrial observations, predicted that

deposit formation would reach its asymptotic state in

about two weeks, a factor of 50% would be reasonable

keeping in mind that values up to 100% are not uncom-

mon as a design practice [3]. Returning to the proposed

reduction in transverse spacing, it is noted that it effec-

tively applies such an increase in heat transfer surface

area. As previously mentioned, this would be expected

to introduce problems related to higher pressure drop

and blockage of the flow passages by the formation of

deposits that bridge the spaces between neighbouring

tube rows. The present study attempts to address these

conflicting problems through the numerical and experi-

mental evaluation of the proposed tube shapes and

arrangements.

2.2. Numerical methodology

Most of the flows of practical interest in tube bundle

arrangements are in the sub-critical regime i.e., at

Reynolds numbers 103 < Re < 2 · 105. Numerical simu-

lation of such flows is a complex and challenging task

due to the dominant transitional effects and flow in-

stabilities such as vortex shedding. The implemented
angements under industrial operating conditions

Flow passage

hydraulic

diameter (% std)

Flow passage

Reynolds

number

Redg ¼
U gap � d�

m

45.556 14,964 2763

44.343 14,964 2992

114.747 29,927 2181

113.535 29,927 2340

100.000 29,927 4072
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methodology is a two-dimensional, time-dependent sim-

ulation using a sub-grid scale model that has been previ-

ously developed and validated [8,13]. It solves the

volume averaged Navier–Stokes equations (according

to Schumann [14]) on an orthogonal curvilinear grid,

which have the following general conservative form:

o

ot
ðqUÞ þ 1

lnlg

o

on
ðqunlgUÞ þ

1

lnlg

o

og
ðqvglnUÞ

� 1

lnlg

o

on
leff

lg
ln

oU
on

� �
� 1

lnlg

o

og
leff

ln
lg

oU
og

� �
¼ SU

ð3Þ

where ln and lg are the spatially varying metric coeffi-

cients related to the orthogonal curvilinear co-ordinates

(n,g). U = 1, un, vg for the continuity, and the momen-

tum equations respectively and SU is the source term,

as described in [15]. The effective viscosity is given as

leff = l + lt where lt is calculated for the sub-grid scale

fluctuations according to the Smagorinsky–Lilly model

[16,17]:

lt ¼ qðCsDÞ2j�Sj ¼ qðCsDÞ2ð2�Si;j
�Si;jÞ1=2 i; j ¼ n; g ð4Þ

where �Snn; �Sng; �Sgg are the strain rate components, D =

(Dn Æ Dg)1/2 is the filter width and the constant Cs is

taken to be equal to 0.1 [18,19]. The original SIMPLE

algorithm [20] is combined with the Rhie and Chow

modification [21] for the pressure coupling on the collo-

cated grid. A fully implicit, first order Euler discretisa-

tion of the temporal term is used and a higher order

bounded upwind scheme [22] is used for the convection

terms. Periodic boundary conditions are used in the lat-

eral direction when appropriate while the no-slip condi-

tion is applied at wall boundaries since the maximum

(peak) observed y+ value for the standard inline arrange-

ment was much smaller (y+ = 3–5) than in other cases

where wall functions were used [23].

One-way coupling is considered for the particulate

phase since the mass loading is only 1%. The particles

are considered spherical, non-rotating and with a large

enough density so that only drag, gravity and thermo-

phoresis are considered to influence particle motion.

The particle motion equation is

qp

pd3
p

6

d~vp
dt

¼ p
6
d3
pðqp � qÞ~g � K th

~rT
T

� CDp
d2
p

8
qð~vp �~vgÞ � j~vp �~vgj ð5Þ

where dp is the particle diameter, vp and vg are the par-

ticle and carrier gas phase velocity respectively, qp, q
are the particle and gas density respectively, T is the

local fluid temperature, CD is the non-linear drag

coefficient [24], and finally Kth is the thermophoresis

coefficient [25]. Regarding the gas fluid velocity, only

the contribution of the resolved field is considered as dis-

cussed in [26,8].
After particle–surface impact, adhesion or rebound is

determined by an energy balance. The normal particle

rebound velocity is given by

V r ¼
2

mp

Qi � QP � Q0
A � QL þ Qlift

� �� �ð1=2Þ
ð6Þ

where mp is the particle mass. The initial kinetic energy

of the particle at impact (Qi) is lost to plastic deforma-

tion energy (QP) [27] and dissipated as energy due to

elastic wave propagation (QL) [28]. The particle will re-

bound only if it can overcome the energy due to attrac-

tive van der Waals–London dispersion forces [29]

between particle and surface ðQ0
AÞ. Hydrodynamic lift

forces Qlift [30] will also aid particle rebound. The tan-

gential rebound velocity component is calculated

according to [31], depending on the particle impact

angle. The expressions for the energy terms in (6) are all

functions of the particle and surface material properties.

More details of the procedure can be found in [4,8,32].

The modelling of the particulate phase accounts for

four of the five sequential events considered to take

place during the fouling phenomenon: initiation, trans-

port, attachment, removal and aging [3]. The initiation

mechanism is considered by making an initial deposition

rate calculation and then a subsequent one based on the

previously calculated distribution of particle material on

the tube surface. The solution of the flow field and par-

ticle transport equations represents the transport mech-

anism and the energy balance equation takes into

account attachment and removal. A number of removal

mechanisms that have been suggested in the literature

i.e., shear, turbulent bursts [33] and erosion, as well as

the aging of the deposit are not considered in the present

study, but some have been modelled in previous work

[4]. The present modelling approach focuses on the

deposition rates and has been validated in [32] against

experimentally measured particle deposition rates from

the cross-flow of combustion gases around a circular

cylinder.

2.3. Experimental methodology

Laboratory scale experiments were carried out in a

closed circuit water facility based in ECLAT, King�s
College London. The facility has been used extensively

for experimental heat exchanger studies and is described

in detail in [9,34]. The facility delivers flow rates up to

290 l/min corresponding to bulk flow velocities of

0.93 m/s. The flow is first conditioned by passing

through a hexagonal honeycomb and screens and then

enters a 72 mm · 72 mm transparent working section

vertically.

Three lab scale models of the heat exchanger layouts

of Fig. 3 were manufactured from acrylic plastic mate-

rial (Perspex) for optical access. The models comprised

in-line arrangements with circular, elliptic and DDE-
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FORM cylinders respectively. The diameter-to-diameter

spacing between the cylinders was the same in all

arrangements and similar to the one used in simulations;

however, the non-dimensional spacing parameters differ

as different characteristic lengths are used for the nor-

malisation. Thus the longitudinal and transverse spac-

ings for the arrangement with circular cylinders were

SL/d = 2.1 and ST/d = 3.6 respectively and for the one

with elliptic cylinders they were SL/2a = 1.6 and

ST/2b = 5.5 where 2b and 2a were the minor and major

axes of the elliptic cross-section of the cylinders. The

arrangement with the DDEFORM cylinders had pitch

ratios of SL/dx, = 1.6 and ST/dy = 5.8, where dx is the

cross-sectional length in the flow direction and dy the

diameter of their circular section.

The circular cylinders had a diameter of 10 mm, the

elliptic cylinders had a major axis of 13 mm and a minor

axis of 6.5 mm. The DDEFORM cylinders were manu-

factured by joining half a cylinder of radius of 3.08 mm

(bottom half) with a parabolically shaped section on the

upper half.

The total cross-sectional longitudinal, dx, and trans-

versal lengths, dy, of the cylinders were 13.08 and

6.16 mm respectively, the latter corresponding to the

diameter of the semi-circular cylinder. The dimensions

of the elliptic and DDEFORM cylinders were chosen

so that the circumferential length and therefore the heat

transfer area, is the same as that of the circular cylinders.

Table 2 summarises the dimensions and geometrical

parameters of the tube bundle models investigated.

Two of the tube columns in the test sections com-

prised half cylinders, which were fixed along the wall

to simulate an infinite tube bundle and minimise wall

boundary layer effects. The Perspex cylinders were fixed

horizontally in the test section and they were rigidly

mounted by pressing them tightly into holes drilled in

the Perspex plates to eliminate possible resonance ef-

fects that might interfere with the flow parameters

measured.
Table 2

Dimensions and geometrical parameters of the tube bundle models

Arrangement In-line with

circular cylinder

Dimensions, L ·W · H/(mm ·mm · mm) 72 · 72 · 196

Cylinder diameter, d/(mm) 10

Major axis, 2a/(mm) or height, dx/(mm)

Minor axis, 2b/(mm) or diameter, dy/(mm)

Transverse spacing, ST/(mm) 36

Longitudinal spacing, SL/(mm) 21

Transverse pitch, ST/d, ST/2b, ST/dy 3.6

Longitudinal pitch, SL/d, SL/2a, SL/dx 2.1

No. rows, Nr 6

No. columns, Nc 3

Aspect ratio, L/d, L/2b, L/dy 7.2
The flow structure and the velocity characteristics of

the three configurations were studied by means of laser

sheet flow visualisation and laser Doppler anemometry

(LDA). A single component dual-beam laser Doppler

anemometer (LDA) operating in forward scatter was

employed which made use of a 10 mW He–Ne laser

(Spectra Physics model 106). The measurement volume

was 49 and 466 lm in diameter and length, respectively.

Tap water was used as the working fluid and the scat-

tered light produced by the particles in the water that

crossed the measurement volume was collected by a pho-

tomultiplier. The signal produced was subsequently pro-

cessed using a TSI frequency counter, model 1990B,

interfaced to a PC with appropriate data acquisition

software. For the flow visualisation the water was seeded

with 15 lm hollow glass particles and video recordings

of the flows past the tube bundles were taken.

The origin of the co-ordinate system was taken at the

centre of the first row cylinder. All measurements were

taken at the plane of symmetry, z = 0.0 mm, i.e., the

plane that crosses the cylinders at midspan and in the re-

gion 0 < y/ST < 0.5 since the flow approaching the bun-

dle was found to be two-dimensional and the interstitial

flow was found to be symmetrical with respect to the x–y

plane. The maximum uncertainty in the LDA velocity

measurements was estimated to be around 5% and

10% for the mean and r.m.s. velocities respectively.

Detailed ensemble-averaged measurements of the

axial and radial velocities were taken at Re of around

13,000 and 7000 for the circular and non-circular

arrangements respectively. Time resolved measurements

were also taken in selected locations behind each cylin-

der for a range of Re numbers and MATLAB software

was used for power spectra estimation. It should be

noted that the Re number is based on gap velocity and

a characteristic length which is the cylinder diameter

for the circular cylinders, the minor axis for the elliptic

cylinder, 2b, and the diameter of the bottom circular

half, dy for the DDEFORM tube.
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Fig. 5. Comparison of numerically calculated mean Nusselt

numbers and heat transfer factors (St Æ Pr2/3) for the five

arrangements studied. Values for the in-line circular tube

arrangement with SL/d = 2.1, ST/d = 3.6 are: Nu = 33.6, St Æ
Pr2/3 = 8.67 · 10�3.
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3. Results and discussion

3.1. Numerical analysis of thermal, hydraulic and

fouling behaviour

The five different tube bundle arrangements were

studied using the numerical methodology previously

presented. The numerical approach has been previously

applied and validated against lab-scale experimental

measurements and industrial observations for a number

of tube bundle geometries [4,8,13,32] and therefore de-

tailed comparison against experimental measurements

is not presented here. The numerical methodology will

be directly implemented as a design tool in the present

study, although a comparison against experimentally

measured deposition rates will be presented in Section

3.2.2 as part of the investigation of the underlying phys-

ical mechanisms. The number of grid nodes for the

ST/d = 3.6 transverse spacing was �90,000 for the circu-

lar and elliptic shaped tubes and 150,000 for the DDE-

FORM tubes, while for the ST/d = 1.8 transverse

spacing the arrangement with elliptic shaped tubes had

130,000 grid nodes and the DDEFORM tube arrange-

ment had 215,000 grid nodes. The time step for the flow

calculation was 1.2 · 10�4 s and periodic conditions

independent of the initial flow field were identified

through monitoring of flow variables at specific posi-

tions until their mean values were unchanging. 360,000

particles were then injected over a total of 150 time

steps, corresponding to one time period of the main vor-

tex shedding motion, as calculated from the numerical

simulation. Particle distribution and properties corre-

sponded to observations during the operation of lignite

utility boilers of the Public Power Corporation of

Greece. The particle diameter range was 23–850 lm with

the following mass distribution: 23, 68 lm : 36.7%, 118,

173 lm : 27.2%, 250, 350 lm : 23.3%, 550, 850 lm :

12.8%. Particle density was 2300 kg/s and material

properties (Poisson ratio, Young�s modulus etc.) were

taken to be those of Al2O3. The corresponding Stokes

numbers range from 0.42 to 573 indicating a clear iner-

tial deposition regime for all but the smallest particles,

which were at the lower limit Stk > 0.125. Mean values

of particulate phase behaviour were obtained by averag-

ing over the 150 time steps of their injection.

Fig. 5 compares the predicted mean Nusselt number

values for the various arrangements and tube shapes as

well as the heat transfer parameter St Æ Pr2/3 often used

to characterize heat transfer in heat exchangers where

St is the Stanton and Pr the Prandtl number. The dimen-

sionless numbers, Nu, St and Pr are defined as follows:

St ¼ h
qU gapCp

; Pr ¼ Cpl
k

; Nu ¼ hd
k

ð7Þ

The comparison is made against the values of

Nu = 33.6 and St Æ Pr2/3 = 8.67 · 10�3 for the �standard�
in-line tube bundle with circular cross-section tubes at

spacings of SL/d = 2.1, ST/d = 3.6. Thus, the y-axis in

Fig. 5 shows a percentage value that indicates the ratio

of the predicted Nu or St Æ Pr2/3 values for the non-circu-
lar tube bundle arrangements over the above mentioned

values of the standard configuration. Using the same

definitions, empirically estimated regions of Nu and

St Æ Pr2/3 values [2,11] are also plotted in the same figure

for comparison. The Nu values were obtained by using

empirical relations for heat transfer from smooth in-line

tube bundles [2] for the transitional and lower sub-criti-

cal Reynolds number regime, i.e., 102 < ReDh
< 103 and

103 < ReDh
< 2 · 105, as the operating conditions under

study are very close to the limit. The St Æ Pr2/3 values

for compact heat exchangers have been calculated for

similar Reynolds numbers from relevant empirical cor-

relations found in [11], which are commonly used in

compact tube bundles due to the dominance of the

forced convection effects. Despite the larger scale of

the present configurations, an indicative comparison

with compact heat exchangers is made on the basis of

the presently proposed reduction in tube spacing and

size, which is characteristic of compact heat exchangers.

It can be seen from Fig. 5 that reducing the trans-

verse spacing reduces the mean tube heat transfer rate

more for the elliptic tubes than for the DDEFORM

tubes. Furthermore the StPr parameter and the mean

Nusselt numbers vary within 20% between the five

arrangements, and they are at the lower limit of the

smooth in-line tube bundle regime and a little higher

than the upper limit of the compact heat exchanger re-

gime. However, this is not representative of the overall

heat transfer rate achieved within the same volume for

each heat exchanger since reducing the transverse spac-

ing and inserting more tube rows leads to an increase

in surface area. This can be accommodated through

the following relation:



Fig. 7. Comparison of the numerically calculated overall

pressure drop through the tube bundle for the five arrange-

ments studied.
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where DT is the temperature difference between the

incoming flow and the tube walls.

By applying this formula to all the arrangements

studied, direct comparisons can be made as shown in

Fig. 6. Changing the tube shape from circular to a more

streamlined one results in a reduction in heat transfer;

however, when the transverse spacing is reduced, the

heat transfer increases by about 85% in both the elliptic

and the DDEFORM tubes due to the increase in heat

transfer area. Apparently, this increase does not imply

a similar increase in actual efficiency due to adverse ef-

fects on pressure drop and fouling rates. The effect of

the reduced spacing, as well as of the different tube

shapes on pressure drop through the 6 tube rows is pre-

sented in Fig. 7. If the original spacing is retained, the

pressure drop decreases by 85% and 81% respectively

in the DDEFORM and the elliptic tube shapes. This

can largely be attributed to the increase in flow passage

area, as well as to the reduction in vortex shedding and

flapping activity arising from the more streamlined

shapes. However, even when the transverse spacing is re-

duced in order to increase the heat transfer area and sub-

sequently the heat transfer rates, a significant reduction

of the order of 40% is still achieved for the pressure

drop, compared to that of the standard circular in-line

array.

As previously mentioned, the common problem with

reducing the transverse spacing in order to increase heat

transfer surface area is that the flow passage area also

decreases resulting in increased pressure drop and block-

age of the heat exchanger due to deposit build up be-
0% 50% 100% 150% 200%

Heat Transfer Rate (100 q''w/q''w,STD)
(compared to standard In-line with circular tubes)

(ST/2b=5.5)

(ST/dy=5.8)

(ST/2b=2.75)

(ST/dy=2.9)
DDEFORM, ST/dy=1.8

DDEFORM, ST/d=3.6

Elliptic, ST/d=3.6

Elliptic, ST/d=1.8

Circular, ST/d=3.6 (std.)

Fig. 6. Comparison of the numerically calculated overall heat

transfer rates for the five arrangements studied.
tween the closely spaced tube rows. Fig. 8 shows how

the five tube bundle arrangements numerically investi-

gated perform in terms of deposition rate and deposition

rate distribution between the tube rows. Comparing the

arrangements at the larger transverse spacing, it is evi-

dent that the streamlined tube shapes of the elliptic

and the DDEFORM tubes lead to a reduction in the

overall deposition rate, which is most evident in the

downstream tube rows, although even the first row

shows a reduction in the order of 30–50%. However,

as shown previously, at the large transverse spacing

the benefits with regards to both heat transfer rate and

pressure drop are not favourable. On the other hand,

by looking at the closely spaced arrays, it can be seen

that the deposition rates are still at 26% and 44% of

those of the standard arrangement with circular cross-

sectional tubes but heat transfer is significantly higher

(see Fig. 6) and pressure drop lower (see Fig. 7). The

DDEFORM tube shows a superior performance over

the elliptic one in terms of deposition rates. The different

behaviour of the bundles with non-circular tubes is fur-

ther explored in the next section.

3.2. Investigation of underlying mechanisms

3.2.1. Experimental study of flow field

The interstitial flow of the three tube bundle models

at the larger spacing (circular tubes, elliptic tubes and

DDEFORM) was fully characterized by ensemble—

averaged LDA measurements. A detailed description

of the flows for each tube bundle can be found in

[9,35–37] and is beyond the scope of this paper. This

paper concentrates on comparisons between the bundles

and more specifically on features that are important in

explaining the different performance of the three tube



Fig. 8. Comparison of the numerically calculated deposition rates for each tube row of the five arrangements that were studied.
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bundles observed by the numerical study. In order to

facilitate comparisons between the different geometries

the data are presented in a non-dimensional form. Thus

velocities have been normalized with the bulk velocity of

the approaching flow, Ub, axial measurement locations

have been normalized with the longitudinal spacing SL

and the transverse ones with a characteristic diameter

d* which is equal to d for the circular tubes, 2b for the

elliptic ones and dy for the DDEFORM tubes.

Although the heat transfer area of the tubes and the

tube layout were kept the same the different tube shapes

employed altered the wake and vortex dynamics of the

flows. In order to compare the velocity characteristics

of the bundles under investigation axial mean velocity

profiles obtained in the mid gap between successive tube

rows were plotted together as shown in Fig. 9.

Fig. 9 shows that the velocity profiles for all three

tube bundles change from a U-shape with steep gradi-

ents at the shear layers to a more flat distribution in

the downstream rows as a result of higher velocity fluc-

tuations in inner rows which cause better flow mixing

even across the wakes. The mean velocities approach

the same levels of magnitude in the free stream for all

three tube bundles but the distributions differ in the

wake region and shear layers particularly behind the first

row. The mean velocity profiles are similar for all tube

bundles behind the fourth row.

The distinctly different profiles observed behind the

first row reflect the influence of tube shape on the wake

structure. The three tubes exhibit different degrees of

�bluffness� and this affects the base pressure coefficient

and the vortex formation length; as a result the aspect

ratio of the wake is altered; thus, a streamlined body

such as the elliptic cylinder with decreased bluffness

compared to a circular cylinder is expected to have a
longer and narrower wake bubble. In a tube bundle this

is expected to be evident mainly behind the first row,

which resembles the case of a single bluff body in

cross-flow rather than in inner rows which are exposed

to a non-uniform flow. The influence of tube shape is

also demonstrated in the different vortex shedding fre-

quencies measured in the three tube bundles as will be

discussed later.

Changing the shape of the cylinders from circular to

elliptic or DDEFORM does not present any advantage

in terms of turbulence generation. Fig. 10 compares the

magnitude of the fluctuating velocities measured at

the midgap between successive rows and at the edge of

the shear layers separating from the cylinders as a func-

tion of row depth in the three tube bundles. It should be

noted that these values contain contributions from both

random turbulence and mean flow variations due to

periodic vortex shedding. The figures illustrate clearly

that the fluctuation levels are considerably higher for

the in-line bundle with circular tubes than with the ellip-

tic or DDEFORM ones. Towards the exit of the bundle

fluctuations build up to the saturation level [35] and the

axial rms velocities attain similar values for all three tube

shapes. Therefore, the effects of the different tube shape

might be expected to be limited to the first rows only.

Note that the influence of Reynolds number (or

flow velocity) should be taken into account, since low

fluctuation levels are also found in the first rows with

the circular tubes at lower flow velocities [35]. The fluc-

tuation levels for the elliptic and DDEFORM tubes are

similar and vary less from row to row (especially the ra-

dial component) than the fluctuations for the circular

tubes, which grow much faster. The results of the pres-

ent study are in agreement with studies of single elliptic

cylinders in cross-flow [38] in which the Reynolds stres-
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ses were found to be qualitatively the same as those in

circular cylinders but their peak values were half in

magnitude.

The lower fluctuating levels observed with elliptic and

DDEFORM tubes compared to circular ones reflect the

strength of the vortex shedding activity in the bundles as

higher fluctuating levels in the shear layers indicate more

intense vortex activity. The streamlined shape of the

tubes results in weak interaction between the free stream

with the wakes through the process of vortex shedding;

subsequently lateral mixing is poor and heat transfer

and fouling rates will be lower as found by the numerical

study.

Velocity spectra were estimated for these two config-

urations and showed that the vortex shedding from the

first and second row was suppressed due to reattachment

of the separated shear layer on the downstream tubes.

This was also evident downstream of the first row in

the array with circular tubes [35]. These findings were

confirmed by the flow visualization study, which showed

that although there are vortices formed downstream of

the first two rows (or only the first row for the standard

array) there is not a clear frequency associated with it.

In downstream rows, the flow fluctuations associated

with formation and shedding of coherent vortices in the

gaps between tubes give rise to distinct peaks in the

velocity spectra with different characteristics in each

bundle. The spectral peaks appear at frequencies which
correspond to a constant Strouhal number, Sth = fd*Ug,

where f is the frequency of spectral peak, for each tube

bundle; Sth are equal to 0.11, 0.14 and 0.16 for the bun-

dles with elliptic, circular and DDEFORM tubes,

respectively. It is reasonable to expect a lower shedding

frequency for the bundle with elliptic tubes as the base of

the tube extends into its wake, thus interfering or weak-

ening the vortex formation, particularly in the early

stages of vortex growth which results in a low frequency

and correspondingly low-amplitude and dispersed spec-

tral peaks as has been observed. An elliptic cylinder also

resembles a bluff body with an afterbody of a length

equal to the cross-flow dimension; the Strouhal number

for such bodies decreases as the afterbody length in-

creases [39]. The finding of the spectral analysis that

the Sth value for the DDEFORM tubes is higher than

that for elliptic or even circular is remarkable; it reveals

a pronounced effect of the forebody shape of the tubes

on the flow characteristics in bundle configurations. It

should be noted that a Sth number close to that mea-

sured with circular tubes is to be expected since the after-

body shape is similar for circular and DDEFORM

tubes. However, the spectral peaks observed in the

DDEFORM bundle are much less well-defined and do

not reach the magnitude of those observed with circular

tubes. The forebody of downstream tubes hinders the

vortex shedding activity in the wake of the upstream

tube but does not appear to alter its frequency. The
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weak flow activity is evident also from the fluctuation

levels in the gap between subsequent tubes shown in

Fig. 10(b) (transverse component). The unique charac-

teristics of the DDEFORM bundle combining a stream-
Fig. 11. Visualisation pictures acquired behind the first and third row

top to bottom.
lined shape with low resistance to the flow and a

relatively high vortex shedding frequency provide a

plausible explanation for the different deposition rates

found in the numerical study.

The flow visualisation study showed the typical alter-

nate vortex shedding pattern inside the bundles with

exception of the first row (and the second for the non-

circular tubes). Fig. 11 shows images of the flow pattern

observed behind the first and third row in the bundle

with DDEFORM tubes. Flow visualization images for

the other tube bundles can be found in [35,9]. The flow

behind the first DDEFORM tube row is characterized

by a stagnant region and the reattachment of the sepa-

rated shear layer on the second row; some small vortices

are also formed near the tip of the second row tube but

no clear vortex shedding activity could be detected. On

the contrary, the flow pattern behind the third row

exhibited clear periodic vortex shedding activity.

3.2.2. Numerical and experimental study of deposition

rate

The mechanism behind the improved deposition rate

behaviour of the DDEFORM tube shape was numeri-

cally and experimentally investigated. Particle deposi-

tion studies were performed by Tochon and Grillot

[40] using lab scale models of Perspex tubes and glass

particles of 8–20 lm in diameter. Experiments were per-

formed for each particle size class separately and a laser

counter was used to measure the collection efficiencies

upstream and downstream of two in-line arrangements

of six tube rows, one with circular tubes and one with

the DDEFORM tubes. Both arrangements were at the

standard tube spacing used by the PPC of Greece while

the Reynolds number, based on upstream velocity and

standard tube diameter was 5700. The Stokes number

of the particles ranged from 0.01 to 1, thus including

the inertial deposition regime which begins at Stk =

0.125. In the experiments, the tubes were covered with

grease so that all the particles impacting on the tubes

would stick. Although this might sound unrealistic it
s of the bundles with DDEFORM tubes. Flow direction is from
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was found to be the case for these particle sizes in the

numerical studies [8] and therefore direct comparisons

between experiments and simulations can be made.

Numerical calculations were performed on an

orthogonal curvilinear grid of 150,000 nodes using the

same methodology as in the previous section. Results

of both measured and numerically predicted collection

efficiencies, based on the same operating conditions,

are presented in Fig. 12 for a range of particle Stokes

numbers. The marked difference in the collection effi-

ciencies between the circular and DDEFORM tube

shapes is evident. The difference increases with Stk num-

ber and reaches a maximum value as Stk approaches 1

with the DDEFORM tubes exhibiting 90% less deposi-

tion than the circular ones. This is the same value that

was numerically calculated in the previous section for

the actual operating conditions of the PPC tube bundle.

Experimental measurements were also performed to

assess the effect of tube rows by repeating measurements

while successively adding pairs of rows to the experimen-
Fig. 13. Snapshot of numerically calculated particle positions and iso

0.48 in the in-line tube bundle with circular cross-sectional tubes. Clo
tal setup [40]. It was found that over 40% of the deposi-

tion occurs in the first two rows and at the high Stokes

number regime. Since the tubes were greased and the

inertial deposition mechanism dominates at these parti-

cles sizes, this implies that over 40% of the particles im-

pact onto the first two rows even though the frontal area

of the tubes takes up a maximum of 28% of the flow pas-

sage area. This is a very high value considering that the

larger particles are relatively insensitive to diffusive

behaviour, which is the only possible mechanism that

could account for the extra particles arriving to the sur-

faces of the first two rows. A possible explanation may

be a non-uniformity of the particle distribution in the

upstream flow. This could also explain the higher collec-

tion efficiencies predicted by the numerical model to

occur throughout the bundle and not specifically in the

first rows. It should be noted that the larger particles

used in the experiment correspond to the Stokes num-

bers of the two smallest particle sizes (Stk(23 lm) = 0.42

and Stk(68 lm) = 3.67) used in the previously presented

numerical simulations of the actual operating condi-

tions. Thus the predicted particle sizes that actually con-

tribute to the deposition mechanism are in accord with

the experimental findings.

In order to elucidate the mechanism responsible for

the significant reduction in the deposition rate for DDE-

FORM tubes, snapshots of the calculated particle trans-

port through both tube bundle arrangements (i.e.,

circular and DDEFORM) are presented in Figs. 13

and 14 respectively for two different particle sizes to-

gether with iso-vorticity contours. Close-up views of

specific regions are shown on the same figures for clarity

and comparison. Upon entering the tube bundle, all par-

ticles are evenly distributed along the transverse direc-

tion. Soon after though, they encounter the fluctuating
-vorticity contours for particle Stokes numbers (a) 0.01 and (b)

se-up views of boxed regions are shown.



Fig. 14. Snapshot of numerically calculated particle positions and iso-vorticity contours for particle Stokes numbers (a) 0.01 and (b)

0.48 in the in-line tube bundle with DDEFORM tubes. Close-up views of boxed regions are shown.
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flow field imposed by the cylinder wakes and they be-

have differently, depending on their size. The smallest

particles with Stk = 0.01 (Figs. 13 and 14(a)) closely fol-

low the flow while the larger ones with Stk = 0.48 (Figs.

13 and 14(b)), corresponding to the smaller particles in

the industrial scale heat exchanger operating conditions,

are just above the inertial deposition regime, and there-

fore less vulnerable to the influence of the flow pattern.

It can be clearly seen that, although both particle sizes

(black dots in figures) follow the vortices shed by the

tubes, it is the smaller ones that are also dispersed by

them and are thus more easily trapped between consec-

utive cylinder rows. This is particularly evident in Fig.

13 where the Stk = 0.48 (Fig. 13(b)) particles are concen-

trated along the vortex edges while the smaller particles

(Fig. 13(a)) have entered into the vortex cores and have

been carried into the inter-tube areas. It is suggested that

this is the mechanism responsible for most of the down-

stream deposition and also the reason that the DDE-

FORM tube exhibits reduced fouling rates when

placed in an in-line tube bundle arrangement. The flow

passages in the arrangement with circular tubes (Fig.

13) exhibit a much higher level of mixing, and therefore

turbulence levels, than the DDEFORM tubes (Fig. 14),

as the experimental studies presented in the previous sec-

tion have also confirmed. In regard to the difference

between the DDEFORM tube and the elliptic one, it

should be kept in mind that although the vortex shed-

ding and shear layer instability phenomena are of a

smaller magnitude in the DDEFORM tube arrange-

ment, the higher shedding frequencies (see discussion

in Section 3.2.1) tend to keep the suspended particles

away from the streamwise inter-tube gaps, not giving
them enough time to enter. Overall, this results in re-

duced mixing in the DDEFORM tube arrangement,

minimising the interaction between particles and down-

stream tubes and therefore reducing deposition.

Although it is well documented in the literature that re-

duced mixing and turbulence will adversely affect heat

transfer, this can be compensated by reducing the trans-

verse spacing and increasing the heat transfer area; the

reduced deposition rate and pressure drop stemming

from the streamlined shape of the DDEFORM tube al-

lows more tubes to be fitted in the bundle optimising

thus the benefits of the new tube shape.
4. Conclusions

The paper describes a design methodology for the

development of an optimum heat exchanger arrange-

ment that reduces gas-side fouling while increasing the

heat transfer rate and decreasing the pressure drop. In

order to address these design requirements, the ap-

proach efficiently utilized a combination of numerical

CFD simulations, experiments and industrial observa-

tions of the fouling process itself in a lignite boiler heat

exchanger.

Modifications of the tube shape in a typical 3.6 · 2.1

industrial in-line tube bundle arrangement were consid-

ered initially and thus an elliptic and a drop-shaped

arrangement (DDEFORM) were examined numerically

and experimentally in terms of thermal and hydraulic

characteristics as well as particle deposition rates. It

was found that streamlining the shape of the tubes re-

sults in 85% lower pressure drop and 90% lower deposi-
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tion rates. However, the heat transfer decreased due to

reduced levels of mixing and turbulence in the modified

bundles and therefore a reduction in the transverse spac-

ing was considered in order to increase the heat transfer

area and maximise the benefits of the new arrangements.

The study of the new closely spaced bundles showed that

they attain higher heat transfer levels with a 75% lower

deposition rate and 40% lower pressure drop so that the

DDEFORM tube bundle design exhibits a superior per-

formance and presents a promising technology for the

reduction of fouling in heat exchangers. The underlying

mechanism for the enhanced performance of this

arrangement was examined in detail through simulations

and experiments. Low fluctuation levels, generated in-

side the arrays, and particularly weak periodic activity

in the wakes of the tubes are thought to be the main

mechanisms reducing the particle deposition rates.
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